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Abstract: The paper compares conceptual designs of a microstructured reactor/heat-exchanger
for the small-scale production of C8+ range hydrocarbons from methanol over H-ZSM-5 catalytic
coatings. In these designs, air was used as a cooling fluid in the adjacent cooling channels. The heat
transfer characteristics of a single-zone reactor (with channels 500 µm in diameter) and a two-zone
reactor (with an additional coolant inlet) have been compared. A single reaction zone was not able to
reduce the temperature gradient below 15 K, while a two-zone configuration, with a counter-current
fluid flow in the upstream section and co-current flow in the downstream section, demonstrated a
near-isothermal behaviour, with a mean temperature of 653 K.

Keywords: H-ZSM-5 coatings; microchannel reactor/heat exchanger; process intensification; methanol
to hydrocarbons

1. Introduction
1.1. Methanol-to-Hydrocarbon Process

The implementation of large-scale infrastructure projects in the Arctic is impossible
without a constant supply of fuels and lubricants, including special types of diesel fuels.
Therefore, it becomes increasingly important to develop a technology capable of producing
these fuels locally, as their transportation from refineries to remote areas substantially
increases fuel costs. To achieve this, mobile production units that can be housed and
installed in containers are needed. At the same time, many suppliers of natural gas
operating in remote areas have significant supply of hydrocarbon feedstock (such as stable
natural gas condensate) that cannot be used as commercial fuels without further processing.
Natural gas condensate is usually composed of hydrocarbons, such as propane, butane,
and pentane. Currently, there is no commercial process to convert gas condensate directly
to diesel fuels. However, a steam reforming process can be employed on a small scale [1] to
convert the gas condensate to a mixture of hydrogen, CO, and CO2. The syngas produced
is then adjusted, sent for methanol synthesis, and then further to the gasoline production
step [2].

Commercially, methanol is produced from syngas, which is usually derived from natu-
ral gas. In an alternative method, methanol is produced from CO2 over a CuO/ZnO/Al2O3
catalyst [3]. In turn, the processes for converting methanol into liquid hydrocarbons and
methanol-to-hydrocarbons (MTH) (including motor fuels) have been developed over the
last 50 years and have been implemented in the industry [4]. The MTH process was
commercialized in New Zealand by combining a methanol dehydration reactor and a
gasoline synthesis reactor. A selectivity of 80% towards C5–C11 products was reported [5,6].
While the technology has been successfully demonstrated, it is not economically viable at
the present methanol price level. Currently, a more complex process, gas-to-liquid (GTL)
technology, is implemented in the industry to obtain gasoline, diesel fuel, paraffins, and
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engine oil components [7]. Large plants, among others (Shell and Sasol) that implemented
GTL technology operate according to a three-stage reactor scheme: (i) syngas generation
by autothermal reforming (ATR), (ii) hydrocarbon synthesis by the Fisher–Tropsch (FT)
method, and (iii) hydrocracking of FT synthesis products [8]. The hydrocracking is an
energy-intensive process that requires rather high temperatures.

While the chemical industry has not been yet interested in the alternative technologies,
mainly due to the lack of economic feasibility, much research is ongoing, and an interesting
alternative to the GTL process is a single-step methanol-to-hydrocarbon (MTH) reactor.
This process also enables an alternative path for high-octane, gasoline-based products
obtained from non-oil resources [9–11]. Due to exothermic nature of methanol dehydration
and hydrocarbon formation, temperature control in a conventional MTH reactor is a major
challenge [4]. Hotspots over 500 K generate an uneven concentration distribution and
facilitate irreversible catalyst deactivation; both resulting in an uncontrollable product
selectivity [12]. Therefore, the process was initially carried out in two individual reac-
tors [13]. At first, methanol is vaporized and fed into a fixed-bed dimethylether (DME)
reactor. In the DME reactor, the methanol is converted to a mixture of methanol, DME,
and water. The mixture from the DME reactor has a temperature of 623–643 K, and it is
fed to the reactor containing H-ZSM-5 zeolite (ZSM-5 reactor), where about 85% of the
reaction heat is released. The rising temperature in the ZSM-5 reactor may be reduced
by recycling a large amount of gas. However, this approach increases the operating costs
and cannot be applied on a small scale. The final product is separated into three phases:
gas, water, and liquid hydrocarbons. A two-stage process was studied by Menges and
Kraushaar-Czarnetzki [14]. They performed their experiments in the 673–723 K range,
under variations of the methanol concentrations from 10 to 34 vol.%. Tavan and Hosseini
proposed a lumped kinetic model for pure methanol feed [15].

1.2. Application of Structured Catalysts and Reactors

In the DME reactor, either γ-alumina or H-ZSM-5 catalysts have been employed [15].
The H-ZSM-5 catalysts tends to show high activity towards hydrocarbon formation if the
temperature in the reactor exceeds 623 K. This often results in a rapid catalyst deactivation,
due to coke formation. The γ-alumina catalyst has a much higher thermal stability, and it
is cheaper. Mollavali et al. [16] also observed that the H-ZSM-5 catalyst in the first reactor
leads to better results, in terms of catalytic activity and operating costs. Compared to
alumina catalysts, the use of lower temperature over the H-ZSM-5 catalyst favours the
thermodynamic equilibrium of the system and higher methanol conversions could be
achieved. It can be concluded that the H-ZSM-5 catalyst is preferred for both reaction
zones. The activity and selectivity over H-ZSM-5 zeolite further depends on its acidity
(the Si/Al ratio), which can be varied by partial ion-exchange with Ca [17] or via post-
synthesis treatments [18]. Yet the internal diffusion of bulky molecules is hindered in
microporous zeolites; therefore, only active sites located in the channels close to the crystal
outer surface are accessible for the reactants. For this reason, thin films of nanosized
zeolites [19], zeolite membranes [20], structured zeolite catalysts [21], and zeolite on the
inner reactor walls [22,23] attracted much attention, due to improved mass and heat transfer
rates. Newly developed zeolite catalysts have significantly improved stability and high
activity [24].

With the surface-to-volume ratio an order of magnitude higher, compared to that in
conventional reactors, the microstructured reactors improves the control of the reaction
conditions, in order to reduce (or even eliminate) temperature hotspots [25]. Small reac-
tor channel dimensions and high thermal conductivity of the reactor framework enable
high heat removal rates [26,27]. The short length of the reactors enhances the mass and
heat transfer as velocity, temperature, and concentration profiles are still developing [28].
The catalytic dehydration of ethanol was demonstrated in microreactors with a channel
width of 0.1 mm [29] and an ethylene selectivity of 99.4%. However, in case of rapid,
highly exothermic reactions, hotspots can be observed, even in microreactors [26,30]. A
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conventional method for improving the temperature uniformity is to combine a reactor
with a heat-exchanger in a co-current, counter-current, or cross-flow design. In general,
heat integration approaches for process intensification in portable hydrocarbon processing
microreactors can be separated into two categories: firstly, the development of ‘all-in-one’
devices capable of integrating several processes operating at different temperatures and
heat duties and secondly, design of a modular network of individual microreactors [31–33].
In the first approach, insulating barriers (e.g., insulation plates) are introduced between
functional layers, such that individual processes are maintained at different operating
temperatures [34–36]. The development of a combined methane steam reformer/catalytic
burner in a co-current reactor/heat-exchanger with a thermal power of 67 W was reported
by Ryi et al. [37]. In the next design, they made longer channels and a reduced plate
width, as well as the addition of microstructured heat-exchangers to pre-heat the air feed
of the combustor and increase the thermal power to 220 W [38]. Grote et al. presented an
integrated diesel steam reformer designed for a thermal input of 10 kW of the diesel [39].
In their optimisation study, they investigated parallel flow, counter flow, and cross flow
conditions, along with inlet geometry variations for the reformer. A microreactor/heat-
exchanger, consisting of two parallel set of channels for methanol combustion and methanol
steam reforming, was numerically simulated by Andisheh Tadbir and Akbari [40]. The
effects of process parameters on methanol conversion, hydrogen yield, and CO concentra-
tion were examined. More recently, a compact heat integrated reactor system of a steam
reformer, a water gas shift reactor, and a combustor were designed for stationary hydrogen
production from ethanol [33].

The axial temperature gradient in the reaction channels can be controlled with the
flow rate and temperature of the coolant. Anzola et al. [41] compared both co- and counter-
current configurations for steam reforming of ethanol over a Pd catalyst. Under co-current
flow operation, the microreactor showed a better temperature uniformity, with respect to
the counter-current scheme, particularly when rather small channel widths were adopted.
Recently, several theoretical studies have been performed to explore possible configurations
in highly exothermic reactions [42,43]. Rave et al. concluded that the overall heat transfer
coefficient in a microreactor can be adjusted by the process flow rate [42]. However, this
requires connecting several plates in series, in order to keep the same residence time. They
suggested that up to ten plates can be used in one reactor. Additionally, they concluded
that elevated heat transfer is needed, mainly in the first seconds of a reaction (due to high
inlet concentrations); therefore, the length of each section can be increased towards the
downstream section of the reactor. A further improvement can be achieved with a reactant
or coolant multi-injection method [44,45]. By injecting cold feed between reactors in direct
or reversal flow direction, heat transfer can be improved, and a more uniform temperature
distribution is observed in the reactor. The temperature field in the MRHE is mainly defined
by the diameter, number of cooling channels, coolant flow rate, heat conductivity of the
reactor material, and distance between the reaction and cooling channels [26]. Therefore, a
large number of configurations of the plate reactor are possible, and CFD modelling can
help to find the optimal configuration, as well as the optimal process conditions (flow rates
and inlet temperatures).

This work is a theoretical study of a MTH reaction over an H-ZSM-5 catalytic coating
in a micro-channel reactor/heat-exchanger. The MRHE is convectively cooled, by means
of air flow through parallel cooling channels. The main goal of this work is to reduce
the temperature gradient in the catalytic coating via a systematic optimization of several
design parameters. While the whole assembly is designed for a 6 kg per day hydrocarbon
production rate, the modelling of a single reactor unit has been performed in this study.
The effects of several reactor design parameters and operating conditions were investigated
to achieve a near-isothermal behavior. Although the study is based on a single case of
MTH reaction, the results can be used to improve the design process of microstructured
reactors, in general, as the same approach can be translated to other fast catalytic reactions.
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2. Reactor Design and Reaction Kinetics

The microreactor/heat-exchanger (MRHE) device is constructed from individual
microstructured plates. The microstructured plates contain an outer groove that serves as a
packing chamber, inlet and outlet flow distribution chambers, and a central part containing
the actual microchannels (Figure 1). These microstructures were made in the stainless-
steel sheets, by means of wet etching. AISI-304 stainless-steel was chosen as the reactor
material because of its good compatibility with the catalyst deposition method and ease of
micromachining. Holes were drilled in the plates to provide inflow and outflow conduits
for the two gas streams and to facilitate positioning of the plates on top of each other.

The MRHE contains two types of plates, which are mirror images of each other, to
provide separate flow paths for the reformate gas and the coolant gas (Figure 2). The gases
are led to and from the channels through the four holes positioned in the corners, which
form conduits when the plates are stacked on top of each other. From the inlets at the
bottom side of the plates, the gases are distributed over the plates and, subsequently, over
the channels. At the other side of the plate, the gases are collected and exit through the
two outlets at the top side. Alternating stacking of the plates creates a counter–current
heat-exchanger.

Each plate contains 14 semi-cylindrical reaction channels on one side and 14 semi-
cylindrical cooling channels on the other side. The total length of the reaction channels was
fixed at 200 mm, due to fabrication requirements. The diameter of the reaction channels
was set at 500 µm. At this diameter, the Damköhler number is below 0.5 at all reaction
conditions, which indicates that the mass transfer rate in the reaction channels was always
greater than the reaction rate. Other geometrical parameters are listed in Table 1.
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Figure 1. A top-view of the microstructured reactor/heat-exchanger plate geometry for counter-
current operation; stacking of the two plate types creates a unit cell of the heat exchanger. For
co-current configuration, the positions of the coolant inlet and outlet ports are inverted.
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Table 1. Geometrical parameters of microreactor heat-exchanger.

Parameter Value

Channel length 0.20 m
Channel diameter 0.50 mm
Channels per plate 14

Fin width 0.50 mm
Plate thickness 0.50–3.00 mm

Number of plates 176 (+2 cover plates)
Total number of channels (reactant size) 1232

Thickness of the ZSM-5 coating 0.010 mm
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Figure 2. Schematic view of a periodic unit of the microchannel reactor/heat exchanger showing
3 out of 14 parallel semicylindrical microchannels. The yellow color represents the H-ZSM-5 coating
in the reaction channels.

The cooling system of the MRHE was designed to provide an average temperature
in the reaction channels of 543 K at conditions corresponding to a methanol conversion
of 95%. A methanol content of 5 vol.% is allowed in fuels according to the European fuel
quality directive [46]. Additionally, the selectivity to C8+ range aliphatic products and
stability of the H-ZSM-5 coatings reaches a maximum value at these conditions [24].

The reactions in the MTH process are exothermic and have a theoretical adiabatic
temperature rise around 550 K [47]. In the model, methanol was fed into a microchannel
under atmosphere pressure at 653 K with a WHSV of 2.4 h−1 [24]. The reactor is assumed
to be properly insulated. Laminar flow condition was determined by the low value of
Reynolds number of reactant flow of 0.4. Estimation of the pressure drop across the reaction
channels gives a difference between the reactor inlet and outlet of below 2%. Uniform flow
distribution in all of the channels is considered. Coke formation occurs in the reactor, and
the catalyst needs to be regenerated. Fast catalyst deactivation happens after ca 20 h [24];
however, a much shorter period is considered in this model.

Due to the complexity of the MTH reaction mechanism, the development of kinetic
models remains difficult. Instead, researchers are focused on lumped models capable of
representing the actual kinetics and accosted thermal effect well enough. A simplified
reaction scheme used in the model is presented in Equations (1) and (2). The first reaction
is the dehydration of methanol. The second reaction is the DME conversion into olefins,
mostly C8-C9. The consumption of DME disturbs the equilibrium of the first reaction,
which leads to more dehydration of methanol

2CH3OH
r1⇔ CH3OCH3 + H2O, ∆r1H653K = −7254 J mol−1 (1)

CH3OCH3
r2⇒ 1

4
C8H16 + H2O, ∆r2H653K = −68, 364 J mol−1 (2)

Equations (1) and (2): Lumped kinetic scheme of the MTH process used in the reactor
model.
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Reversible second-order equations were used for DME synthesis reaction [48]. For the
hydrocarbon synthesis step, our previous data [24] were fitted to obtain the lumped kinetic
constant k2. Based on the above considerations, the lumped kinetic model is represented by
Equations (3)–(9),

dFMeOH
dx

= −acr1 (3)

dFDME
dx

= ac(r1 − r2) (4)

where Fi is the molar flow rate and ac is the channel cross sectional area. The reaction rates
are defined by:

r1 = k1ρ

(
p2

MeOH −
PDMEPW

K1

) (
mol m−3 s−1

)
(5)

r2 = k2CDME

(
mol m−3 s−1

)
(6)

where ρ is the catalyst apparent density, p is the partial pressure, and C is the concentration.
The reaction rate constant of methanol dehydration is as follows:

k1 = 525.32 exp
(
−90589

RT

) (
mol kg−1 s−1 bar−2

)
(7)

The equilibrium constant for the first reaction is as follows:

ln(K1) =
4019

T
+ 3.707 ln(T)− 2.783× 10−3T + 3.8× 10−7T2 − 6.561× 104T−3 − 26.64 (8)

The reaction rate constant for the second reaction is as follows:

k2 = exp
(

3.71− 8841
RT

) (
s−1
)

(9)

Heat Transfer Modelling

The volumetric heat generation rate in the ZSM-5 coatings was obtained from the
reaction enthalpy:

Q′′′ = −∆r1H × r1 − ∆r2H × r2 (10)

where ∆ri H is the enthalpy of reaction i at the reaction temperature.
Initially, a one-dimensional heat transfer model was developed to describe the temper-

ature profile in the MRHE. The model calculates the temperature profiles of the reformate
gas (r), the coolant gas (c), and the metal framework (m). For conventional heat-exchangers,
the metal walls are not included in the model, as axial heat conduction in the walls can be
neglected. However, for the MRHE axial, conduction is an important factor determining the
overall performance [25,49]. The radial temperature profile in the metal can be neglected,
as the distance between the reformate and coolant channels is rather small and the thermal
conductivity of stainless-steel is two orders of magnitude larger than that of the gases.

A uniform flow distribution between all microchannels was assumed. An equal flow
distribution can be achieved using special design of the inlet flow chamber, as presented
in our previous work [50]. Plug flow was assumed for both gases, and axial dispersion
was neglected. In fact, radial diffusion diminishes the spreading effect of the parabolic
velocity profile, while the axial diffusion increases the dispersion. Therefore, there exists a
range, where the microreactor behaves similar to a fixed bed reactor. For the case presented
in this paper, this is given by the following relation: 3 < Pe < 80 [51]. The left end of the
equation defines a criterion for neglecting axial dispersion. The right end defines a criterion
for neglecting radial concentration variations. The range of Peclet numbers implemented
in this study is within the above range; therefore, the axial dispersion introduced by
the laminar flow profile can be neglected. The temperature profile of the gases is then
determined by convective heat transport and heat exchange with the metal walls. When
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the axial coordinate is made dimensionless (x̂) with the length of the MRHE, the following
equations for the temperatures of reformate (Tr) and coolant (Tc) gas can be written:

.
mrCp,r

dTr

dx̂
= −hr Ar(Tr − Tm) (11)

(±) .
mcCp,c

dTc

dx̂
= hc Ac(Tm − Tc) (12)

where hi are respective gas – solid heat transfer coefficients, and Ai are the respective
surface areas of microchannels. The term

.
mCp represents the heat transport capacity (mass

flow rate,
.

m × heat capacity, and Cp) of fluids. The signs (+) and (−) in Equation (11)
correspond to the co-current and counter-current configuration of the coolant flow.

For conventional heat exchangers, the axial conduction in the walls is not modelled,
as it can usually be neglected. However, for micro heat exchangers, axial conduction
is an important factor determining the heat exchanger efficiency. The equation for the
temperature of the metal part between the channels (Tm) includes axial heat conduction
term, heat exchange with the two gases, the heat loss to the environment, and the heat
production in the coating, due to catalytic reaction (Q), to give:

λAm

L
d2Tm

dx̂2 = hr Ar(Tr − Tm)− hc Ac(Tm − Tc)− hex Aex(Tm − T∞) + Q (13)

with λm the conductivity of the stainless-steel, Am the metal cross sectional area, T∞ the
temperature of the environment (298 K), and L the section length. The convective heat
transfer coefficient to the environment (hex) of 2.5 W m−2 K−1 was based on the external
surface of the device without insulation (Aex), which was derived from the experimental
cooling curve of a similar reactor, following the approach described in [36].

3. Results and Discussion
Effect of Flow Mode

Figure 3 compares the counter-current and co-current flow modes at an optimised
coolant flow rate, which provides the minimum temperature non-uniformity in the catalyst
layer for both cases. In order to evaluate the temperature profiles at the catalyst position
along the reactor, the temperature non-uniformity parameter (δ) was introduced, which is
the relative mean-square deviation from the average catalyst temperature (Equation (14)):

δ(%) =
1
T

√√√√ 1
N − 1

N

∑
j−1

(
T − Tj

)2 × 100, (14)

where T is the average catalyst temperature, Tj is the catalyst temperature at position j
along the axial reactor coordinate, and N is the total number of positions taken in the
optimisation (100). This approach is similar to that applied in our previous study [26].

The counter-current mode could not eliminate the temperature hot spot near the
reaction channel inlet, which led to a high temperature gradient of more than 400 K. The
temperature profile in the co-current mode showed a rather low temperature gradient of
5 K, at a distance between 0.04 and 0.2 m from the inlet. However, there is still a rather large
temperature gradient of more than 50 K in the first 40 mm from the inlet. This indicates
that cooling is excessive near the inlet but sufficient to compensate heat generation in the
downstream section of the channel.
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Therefore, it was concluded that a single-zone configuration is not capable of reducing
the temperature non-uniformity below 50 K. To reduce the axial temperature gradient, the
reactor should be split up in two parts, with an additional coolant inlet between them.
Several two-zone configurations (with a different length of the first and second zones)
were simulated, keeping the total channel length equal to 200 mm. In this analysis, it
was assumed that the coolant flow was split up equally between the first and second
reaction zones and the coolant inlet temperature was the same for both reaction zones. This
limits the number of variables, and, at the same time, such a configuration would facilitate
process control in the MRHE.

The geometrical position for the additional coolant inlet was studied by 3D simulations
via the construction of a separate grid for each geometry. In these designs, the volume
elements next to the reaction channel walls were assigned as catalytic film with a heat
conductivity of the H-ZSM-5 zeolite coating. The areas produced by intersecting the planes
through the centers of the microchannels were defined as planes of symmetry. At the
channel walls, a non-slip boundary condition was applied, where the velocity was zero.
The outlet pressure in both channels was set to equal 1 bar.

Prior to the parametric study, the dependence of the numerical solution on computa-
tional mesh density was examined. Three levels of mesh density (coarse, normal, and fine)
were studied. In all three meshing schemes, the relative density of the meshing elements
followed the order: zeolite coating domain > reaction channel domain = cooling channel
domain > reactor wall domain (Figure 5). The difference in temperature profiles, between
the normal and fine mush, was below 1 K. That was considered good enough for the
purpose of the present design.
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Figure 5. Meshing scheme of a single periodic unit of the MRHE.

The maximum temperature and the temperature gradient decreased when the length
of first reaction zone was reduced from 0.050 to 0.025 m (Figure 6). At the same time, the
mean temperature in the second reaction zone only slightly increased. A length of 0.030 m
corresponds to the minimum temperature non-uniformity over the entire reactor. The heat
generation in the first section and in the second section became equal (Figure 4a). Therefore,
a two-zone reactor with a channel length of 30 mm (first section) and 170 mm (second
section) was selected for subsequent design optimization.
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Figure 6. Temperature profiles in the catalyst, as a function of the position of the additional coolant
inlet (L1). First section: counter-current flow. Second section: co-current flow. The insert: temperature
non-uniformity parameter, as a function of the coolant inlet position. Coolant temperature: 498 K.
Coolant velocity in each section: 9.0 × 10−2 m s−1. Plate thickness, a = 1.5 mm.

The cooling system of the MRHE was designed to provide an average temperature of
the whole unit at 653 K, at conditions corresponding to an adiabatic temperature rise of
550 K. At this temperature, the selectivity to the desired products reaches a maximum at a
WHSV of 2.4 h−1.

The counter-current flow direction in the first section provides a minimum tempera-
ture gradient of 14 K, at a coolant flow rate of 1310 cm3 min−1 (corresponding to an inlet
coolant velocity of 0.09 m s−1 and an inlet coolant temperature of 498 K). An average heat
transfer coefficient in the cooling channels was estimated to be 420 W m−2 K−1, using an
approximation of a constant wall temperature and laminar flow conditions (Nu = 3.66). A
very high heat transfer rate provides very fast heating of the air flow to the temperature of
the solid wall in the initial 2 mm section of the cooling channel. Over the largest part of the
section length, all three temperatures (Tr, Tm, and Tc) differ by less than 1 K (Figure 7). This
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is an intrinsic feature of small microchannels providing excellent temperature control in the
reaction zone, simply by a proper choice of coolant inlet temperature. However, to reduce
the temperature gradient even further, the thermal conductivity of the reactor material
should be increased; therefore, more conductive materials, such as nickel or aluminium,
should be used for its manufacturing. This part of the optimization was beyond the scope
of the present paper.
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Figure 7. Temperature profiles in the reaction channel, in the catalyst, and in the cooling channels in
the first section of the MRHE. Methanol inlet on the left, coolant inlet on the right. Reactant velocity:
2.71 × 10−2 m s−1. Coolant velocity: 9.0 × 10−2 m s−1. Reactant inlet temperature: 473 K. Coolant
inlet temperature: 498 K. Plate thickness: a = 1.5 mm.

The coolant flow direction in the second reaction section influences the temperature
non-uniformity in it (Figure 8). As the temperature profiles in the reaction channels, cooling
channels, and inside the catalyst are virtually the same, only the catalyst temperature
profiles will be presented in the subsequent discussion. The co-current flow mode provides
a lower temperature gradient of 2 K, while a temperature gradient of 5 K is observed in the
counter-current flow mode.
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Figure 8. Temperature profiles in the catalyst, as a function of the flow configuration in the second
reaction section of the MRHE. First section: counter-current flow. Second section: 1—co-current flow,
2—counter-current flow. Reactant velocity: 2.71 × 10−2 m s−1. Coolant velocity in each section:
9.0 × 10−2 m s−1. Reactant inlet temperature: 473 K. Coolant inlet temperature: 498 K. Distance
a = 1.5 mm.
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The effect of the reactor plate thickness was also investigated (Figure 9). The larger
thickness provides a larger cross-section for conduction heat transfer in the axial direction,
which reduces the temperature non-uniformity parameter (Figure 9). However, it also
increases the size of the microreactor and, therefore, its external surface area and the heat
losses to the environment. The start-up time also increases, due to larger thermal inertia.
It can be seen that the slope of the curve decreases as the plate thickness increases above
1.5 mm. Therefore, a thickness of 1.5 mm was selected in the final design. This configuration
provides a start-up time of about 90 s, when hot air is used initially to bring the reactor to
its operating temperature.
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Figure 9. The temperature non-uniformity in the upstream section of the MRHE as a function of
plate thickness. First section: counter-current flow. Second section co-current flow. Reactant inlet
temperature: 473 K. Reactant flow rate: 2.71 × 10−2 m s−1. Catalyst layer thickness: 10 µm. Coolant
velocity in each section: 9.0 × 10−2 m s−1. Coolant inlet temperature: 498 K.

The optimised parameters of the MRHE and inlet flow conditions are listed in Table 2.
The total volume of a single reactor unit is 1.01 cm3. It is capable of converting 14.1 g of
methanol per hour. Further increases in the production rate can be achieved by numbering
up of the single unit using multiscale networks [49].

In this way, a reactor with a total volume of 1 L will be able to produce about 6 kg of
hydrocarbon fuels per hour. A prototype container, which includes the MTH reactor, was
designed, based on the proposed reactor configuration, to accommodate several reactors.
According to the consecutive process steps, the miniplant is split up into three modules: the
steam reforming, methanol synthesis, and gasoline synthesis modules [52]. The modular
design allows an easier transportation and an independent basic testing of the functionality
of the three process steps. Each of the modules was installed in a separately exhausted
compartment. The life-cycle assessment results revealed that the newly proposed processes
have a clear advantage over the conventional process in some categories, particularly the
global warming potential and primary energy demand [2].

Converting natural gas condensate to gasoline on an industrial scale paves the way
for a feasible method of manufacturing. With the further development the entire process, it
can more easily be up-scaled with decentralised production. We are planning to develop
the plant further, with the goal of producing up to 500 L/day of synthetic gasoline. The
larger the plant size, the more profitable the plant would be, and cheaper the final fuel.
This compact plant can be replicated in different plants producing gasoline, in order to
achieve on-spec bulk production of liquid hydrocarbons in remote geographical areas.
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Table 2. Parameters of the microreactor/heat-exchanger geometry and inlet conditions.

Microreactor/Heat-Exchanger Parameters

Reactor length (mm) 200 (+4 mm for additional inlet chamber)
Reactor width (mm) 16
Reactor height (mm) 264

Reactor volume (cm3) 1.01
Methanol throughput (g h−1) 14.1

Parameters of a single plate a Reaction channels
Cooling channels

Section 1 Section 2

Channel diameter (mm) 0.50 0.50 0.50
Thickness of ZSM-5 coating (µm) 10 - -

Inlet gas velocity (m s−1) 2.71 × 10−2 9.0 × 10−2 9.0 × 10−2

Re number (-) 410 700 700
Flow heat quality (W K−1) 3.48 × 10−6 7.1 × 10−5 7.1 × 10−5

Inlet gas temperature (K) 473 498 498
Outlet gas temperature (K) 652 658 652

Flow mode Counter-current Co-current
Inlet gas flow rate (cm3 min−1 STP) b 390 1310 1310

a The parameters for a single metal plate with semi-cylindrical channels from each side. b The values for the
entire MRHE.

4. Conclusions

A microstructured device was designed for the conversion of methanol to C8 hy-
drocarbons, consisting of two sections of reactors/heat-exchangers, connected in series.
Each section has multiple sets of parallel microchannels (reaction channel and cooling
channels), which were integrated in a single stack of microstructured plates. In this reactor,
a temperature gradient across the H-ZSM-5 catalyst was below 15 K, corresponding to an
adiabatic temperature rise of 550 K. It has been shown that a throughput of 6 kg h−1 of
liquid hydrocarbons is possible in a reactor with a total volume of 1 L, operated at a mean
temperature of 353 K.
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